
Greek Letters 

AT = T, - To 

E 

77 
e 
8 = dimensionless temperature 

AT, = T ,  - Ti 
= mass fraction of third com onent in the bulk 
= similarity variable = y &R 
= angle in spherical coordinates 

8, = (TI - T,) / (Tx -T,)  
K = thermal diffusivity = k/pC,  

= kinematic viscosity = p / p  

A 
P = dynamic viscosity 

P = density 
4c,, = ratio (C,,/Cpm) 
br = ratio (k /k , )  
46 = ratio ( ~ / p ~ )  
4” = ratio (2vx/vI) 
40 = ratio ( p / p x )  
Y = stream function 

= latent heat of vaporization 

Y 
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Sub8criptr 

e 

R = gas 
i 
1 = liquid 
I ,  i 
,O 
S = at the s-surface 

1;. i 
cg, i 

= at outside edge of the continuous phase boundary 
layer 

= at the dispersed-continuous phase interface 

= in the liquid at the interface 
= hulk condition in droplet 

ti = vapor (steam) 
= in the vapor at the interface 
= in the continuous phase at the interface 
= air 
= vapor or steam 

= i n  the hulk phase, far away from the droplet 

I 

2 

3 = noncondensable but ahsorable component Manusrnpf rvrriwdSovvmbPr 19. 1979, recision recuicrd July2l.andorrvprPd July 
25. 19MJ. 

Local Hold-Up and Liquid Velocity in 
Air-Lift Reactors 

Measurements of local hold-up and liquid recirculation rate in an air-lift JOSE C. MERCHUK 
reactor were performed with two t y p e s  of gas spargers using a manometric 
technique. A simple exponential function correlated properly the liquid velocity 
measured to the gas flow rate. The local hold-up varied appreciably along the 
column and showed a maximum in most of the cases. A simple linear relationship 
correlated the local gas velocity with the total flow rate of the mixture. 

SCOPE 
Air-lift reactors have recently been the object of much atten- 

tion, especially in relation to the production of single-cell pro- 
teins from hydrocarbons. The special feature that distinguishes 
an air-lift reactor from the more common one without mechan- 
ical agitation (bubble column) is the recirculation of the liquid 
through a downcomer that connects the gas-liquid separator on 
top of the main bubbling section or riser to its lower part. A net 
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liquid flow develops in the riser and the downcomer. The main 
advantages of this design are the capacity for satisfying the very 
high oxygen demand of hydrocarbon fermentation (Wang, 
1968), low energy input, especially in large configurations 
(Hatch, 1973; Legrys, 1977, and the possibility of easier re- 
moval of the heat generated in the fermentation process due to 
the configuration, especially in the case of external downcom- 
ers that act as heat exchangers (Schugerl et al., 1977). 
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The main difficulty in the mathematical representation of 
the air-lift fermentor is the definition of the hydrodynamics of 
the system. The liquid and gas velocities should appear in any 
material balance (Merchuk et al., 1980). Although experimen- 
tal data and correlations are available in the literature on 

bubble columns, the air-lift fermentor dif€ers because the 
liquid flow is not independent of the gas flow rate, but is in fact 
originated by it. The present work was undertaken with the 
aim of clarifying the interdependence of these two flows, and 
their influence on the gas hold-up along the bubbling section. 

CONCLUSIONS AND SIGNIFICANCE 

The measured values of the local hold-up depend on the type 
of sparger used for the gas and on the resistance to the fluid flow 
in the circuit. When this resistance is low and the gas is distrib- 
uted evenly in the cross-section of the riser, the local hold-up 
rises linearly in the tube. This rise is significant, reaching 30% 
at high superficial gas velocities. When the liquid flow rate is 
hindered by a greater resistance, provoked in the reported 
experiments by partially closing the downcomer, or when a 
single-orifice gas sparger is used, the form of the hold-up 
profiles changes. 

A maximum, which descends as the gas superficial velocity 
increases, appears at a given height above the sparger. The 
difference between local hold-ups may reach 80% in these 
cases. Since the appearance of such maxima is attributed to a 
larger concentration of big bubbles in the center of the tube 

(causing higher velocities in the axis as well as internal recircu- 
lation in the riser), the conditions that will give a regime similar 
to a plug-flow are: even initial gas distribution in the section of 
the riser, and high liquid velocities, which are obtained by 
minimizing the resistances to fluid flow in the circuit. 

The liquid velocity was found to be a simple power law 
function of the gas flow rate (Eq. 24). The constants in this 
equation depend both on the geometry of the system and on the 
regime of the two-phase flow in the riser. The gas local velocity 
can be expressed by a single linear relationship as a function of 
the total superficial velocity, J.,,, for all the geometries tested 
(Figure 13). This relation can be used, together with kinetic 
information, to compose a mathematical representation of a 
fermentation process in an air-lift reactor. Such a model is 
necessary for design, optimization and control of the process. 

The application of bubble columns as industrial scale reactors 
has lately received much attention: a series of patents have been 
granted and many research works have been carried out 
(Schugerl e t  al., 1977). A case of special interest is the air-lift 
reactor, first described by Le Francois et al. (1955), which allows 
easy removal of the heat generated in the fermentation process 
in a simple way, provides oxygen at a satisfactory rate, and is 
convenient from the energy point of view due to its flow charac- 
teristics. This type of equipment is suited to the needs of protein 
production from hydrocarbon sources, and full-scale plants al- 
ready exist in several countries (Schugerl e t  al., 1977). Funda- 
mental studies were done on the subject by Hatch (1973), Hatch 
and Wang (1975), and Orazein and Erickson (1979), among 
others. 

1 

0 

Figure 1. Experimental setup: 1.  gas-liquid separator; 2. riser; 3. 
downcomer; 4. manometers; 5. sparger; 6. straightening vanes; 7. 
rotameters; 8. liquid flowmeter; 9. pressure controller; 10. control valves; 

11. mercury manometer; 12. gas outlet. Dimensions ore given in cm. 

The problem of modeling an air-lift reactor has been con- 
sidered by Hatch (1973), Ho et  al. (1977) and Merchuk et  al. 
(1980). The main difficulty in such modeling is the lack of infor- 
mation on the hydrodynamics of the air-lift reactor. Data and 
correlations can be found in the literature on gas hold-up and its 
relationship to gas and liquid velocities, but in the case of the 
air-lift reactor, these velocities are not independent. For a given 
system, once the air flow rate is set, theliquid flow rate as well as 
the hold-up becomes fixed. The variations of gas hold-up along 
the column and liquid velocities are studied here as afunction of 
the gas Bow rate for difference degrees of resistance to flow in 
the circuit. 

EXPERIMENTAL APPROACH 

The column in the experimental setup (Figure 1) was made of Plexi- 
glas and had a total volume of about 0.3 m3, The distance between the 
pressure taps in the riser is indicated in centimeters. The dimensions of 
the various parts of the equipment can be seen in Table 1. 

Air was supplied at 6 atm pressure, and the maximum flow rate was 
13.8 m3/s. Gas sparger A was a 0.09-m diameter copper tube bent to 
form a 0.10-m diameter ring. Fourteen 0.025-m diameter holes were 
drilled in the upper side of the ring. Gas sparger B was a single orifice 
sparger 0.09 m in diameter. 

The resistance to the liquid recirculation was changed by closing 
several of the tubes acting as straightening vanes in the downcomer. An 
Anubar 733-31655 liquid Rowmeter was placed in the downcorner. The 
pressure along the riser, used for the hold-up calculations, was mea- 
sured with reference to the pressure at the height of the sparger with 
differential manometers filled with CTC. The absolute pressure at this 
point was measured with a mercury manometer open to the atmo- 
sphere. Temperatures were measured both in the liquid and in the gas 

TABLE 1. h'fAIN DIMENSIONS OF THE AIR-LIFT SYSTEM 

Riser Diameter 0.14 in 
Riser Height 4.05 m 
Downcomer Diameter 0.14 m 
Downcomer Height 4.05 m 
Gas-Liquid Separator 
Separation between Tubes 0.35 in 
Straightening Vanes Length 1.5 m 

0.5  X 0.5 X 0.7 ni 
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before injection into the system, and they varied between 18 and 23°C. 
Separation in the top section was complete so that gas could not recircu- 
late through the downcomer. Details OT the operational procedure are 
given by Stein (1979). 

HOLD-UP CALCULATIONS 

Assuming one-directional isothermal flow, steady state, con- 
stant cross-section, negligible mass transfer effects between gas 
and liquid, and constant properties in a cross-section, the 
momentum balance equations for the liquid phase are given by 
Wallis (1969) as: 

Introducing the gas hold-up as: 

AG = 4 A  (7) 

and considering that the gas-wall friction is negligible with 
respect to the liquid-wall friction, a single expression that relates 
4 and V L  to the energy losses in the tube is obtained. Relating 
the liquid superficial velocity,JL = QJA,  to the liquid flux V L  by: 

(8) J L  v, = - 
1 - 4  

we obtain: 

Eq. 9 expresses the three components responsible for the 
pressure drop in the tube: friction, acceleration and gravitation. 

Direct measurements were done on h,  the height in the 
differential manometers, which is related to the pressure by: 

dh dP 
dz dz  (PL - P d g -  = - + PLg 

In order to express the frictional term, the following expres- 

(11) 

sion (Wallis, 1969) was used: 

1 
7 W L  = Cf.MP.&I 

where 

1.M = I L  + Jc 

P.Cf = P L ( 1  - 4) + Pc4 

(12) 

J G  = QclA (13) 

(14) 

Eq. 11 can be approximated as: 

(15) 
1 

T W L  = ;z Cf.MPJJ.W 

The coefficient CfM is given by Nassos and Bankoff (1967) as: 

CfM = 0.046 N;;,0.2 (16) 
where the Reynolds number is given by: 

Figure 2. Experimental data of manometer heights along the column and 
the corresponding polynomial fit for a typicol operational condition. 

When Eqs. 10, 15, 16 and 17 are replaced in Eq. 9, an implicit 
expression of the gas hold-up can be obtained as: 

0.092 IZ d4 
g(l  - 4)Z dz 4 = g(vL)-o.2 0 ! . 2  (1 - 4)"* + 

Here, dhldz, the variation of the reading of the manometers 
with the height of the column, is obtained from the experimental 
data. It is the derivative of the polynomial fitting the data, as will 
be explained later on. The variation of hold-up along the height 
of the riser is evaluated from the second derivative of the ex- 
perimental data taking: 

Eq. 19 is an approximation used to evaluate the hold-up 
derivative in Eq. 18, and implies that the contribution of the 
variations of the frictional and accelerational terms to the 
changes in hold-up along the column are negligible. The lower 
the gas flow rates, the better this approximation. Eq. 18 shows 
three terms representing, from left to right, friction, accelera- 
tion and static head. Their typical contributions will be 24%, I% 
and 75% of 4, respectively. In the cases of very high gas flow 
rates, the acceleration term will rise to 2 or 3% of 4. Therefore, 
the approximation given by Eq. 19 was considered satisfactory. 

The overall fluxIdl is given by Eq. 12. In Eq. 12, J L  is constant 
along the column for given operational conditions, but J G  varies, 
increasing towards the top of the column. J C  can be calculated 
from the measurements in the rotameters and from the pressure 
and temperature for each height. Details are given by Stein 
(1979). 

Each experimental point was repeated independently several 
times and a fourth-order polynomial was fitted to them. An 
example of the dispersion of the experimental points and the 
polynomial fitting for a typical operational condition can be seen 
in Figure 2. With the exception of the zone of small values of z 
near the gas sparger, the deviation of the experimental points is 
about 1%. 

EXPERIMENTAL RESULTS 
Loco1 Hold-Ups 

The local values of gas hold-up along the riser for both gas spargers 
used against gas flow rate are given in Figure 3 for the case offully-open 
downcomer. A similar plot for the case where only 43% of the section of 
the downcomer is open to the recirculation of liquid is shown in Figure 
4. This was obtained by closing several of the tubes that were used as 
straightening vanes in order to increase the resistance to the liquid 
recirculation and, in this way, change the liquid velocity. 

Figures 3 and 4 show that the values of hold-up can increase up to 80% 
from the initial value at the bottom of the column in the range of 
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Figure 3. Dependence of the gas hold-up 4 on distance from the sporgerz for various superficial gas velocities and the downcomer fully open. 

variables studied. Figure 3 corresponds to high values of liquid super- 
ficial velocities. A clear qualitative difference is seen between the data 
corresponding to sparger A, which gives an approximately even distri- 
bution of the gas in the section of the column, and the single-orifice 
sparger B. The data corresponding to sparger A increase almost linearly 
with z ,  while those corresponding to sparger B increase more sharply at 
low z ,  reach a maximum and then decrease. These maxima tend to 
appear earlier on z as the gas superficial velocity increases. The same 
phenomenon can be seen even more pronounced in Figure 4, where the 
partial closure of the downcomer causes lower liquid velocities. In this 
case, also spargef A gives profiles of $J that show a maximum. 

The straight 4 profiles for sparger A in Figure 3 indicate that coales- 
cence is not important in this case. Bubbles ascend almost without 
interaction and the increase in hold-up indicates that the growing vol- 
ume of the bubbles due to the decrease of pressure prevails ovet the 
increase in the associated ascending velocity. In addition, if a bubble 
expands too much, it will break into smaller bubbles that ascend more 
slowly without change in volume. On the other hand, if the rate of 
coalescence becomes important, the bubble size will grow without an 
associated increase in total gas volume and the hold-up will tend to 
decrease due to the higher bubble mean ascending velocity. 

The single-orifice sparger creates an uneven distribution of gas in the 
section of the riser and the bubbles generated arelarger. This provokes a 
higher mixture velocity in the center of the tube, and the large differ- 
ences in liquid velocity induce a migration of the larger bubbles toward 
the axis. Thus, a high concentration of bubbles is created around the 
axis, which increases the coalescence. This phenomenon of enrichment 
oflarge bubbles in the center of the column is well-known (Calderbank 
et al., 1964; Ueyama and Miyauchi, 1977a). It has been used to explain 
the existence of a maximum in the overall column hold-up as a function 
of the superficial gas velocity which is obtained with a single-orifice 
sparger, and which does not appear with a perforated plate or porous 
sparger (Schugerl et al., 1977). Here, a inaximum in thelocal hold-up at 
constant superficial velocity is reported. 

An additional manifestation related to the same phenomenon is the 
generation of descending sidestreams near the walls, which appear in 
order to conciliate the high liquid velocity in the center with a given 
value of the net liquid flux (Ueyamaand Miyauchi, 1977b). This is known 
to augment the overall hold-up and reaches its extreme at zero net liquid 
flow. Figure 4 shows that partial closure of the downcomer, which 
reduces the liquid flow and consequently increases the internal recircu- 
lation, leads not only to an increase of the hold-up, but also to an 
accentuation of the phenomenon of the maximum in the local values of 
hold-up. In this case, even the multiple-orifice sparger A gives maxima 
which, as before, tend to appear earlier on z as the gas superficial 
velocity increases. Sparger B, however, always gives this maximum at 
lower gas superficial velocities than does sparger A. 

Mean Hold-Up 

Figure 5 shows the correlation of the mean hold-up defined as: 

I L  
4 = ,/ N d d z  (20) 

versus the local hold-up at point z = 2.25 m,+’. This was the pressure 
measuring tap located closer to the middle point of the column. It 
suggests that within the range of variabIes studied, 4’ may be taken as 
representative of the mean hold-up in the riser. 

Figure 6 shows the data of 4‘ as a function of the superficial gas 
velocity at z = 2.25 mJ;; for several openings of the downcoiner arid 
sparger A. Similar data obtained with sparger B are shown i n  Figure 7. 
In both cases, the behavior is quite similar and concurs with the pub- 
lished data 011 bubble columns. It shows a sharp increase in the low 
range of superficial gas velocity, followed hy a milder increase rate asJG 
gets higher. No maxima such as those reported by Schugerl et al. (1977), 
among many others, were found within the range of flows explored. For 
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Figure. 4. Dependence of the gas hold-up 4 on the distance from the sparger z for various superficial gas velocities and 43% of the downcomer section 
open. 

both spargers, the influence of the closure of the downcomer, which 
decreases the liquid superficial velocity, is very strong, especially as the 
free section of the downcomer becomes smaller. The maximum values of 
9’ are found in both cases for a completely closed downcomer at zero 
liquid superficial velocity. 

Figure 8 shows again the experimental data of Figures 6 and 7, but 
replotted with the liquid superficial velocity J L  as a parameter. This 
form of representation is very common in reporting data on bubble 
columns where J L  is independent of Js. Figure 8 shows that the mean 
hold-up for all liquid superficial velocities is higher in the case of the 
multiple-orifice sparger A. This is in agreement with data reported by 
Freedman and Davidson (1969), and Schugerl et al. (1977), among 
others. 

Absolute and Relative Gas Velocities 

Figure 9 shows the absolute and relative gas velocities as afunction of 
the gas superficial velocity for sparger A. Since all gas velocities vary 
along the riser, the point z = 2.25 m was selected as representative. 

Zuber and Findley (1965) showed that in bubble flow the relative 
gas-liquid velocity is given by: 

V, = 1.53 (crgAplpf)”’ (21) 

This expression predicted for the air-water system a value of about 
0.30 ink, independent ofthe superficial gasvelocity. On the other hand, 
for the bubble-slug region, they give 

V, = 0.35 (gApD,./p,)”* (22) 

predicting for D,. = 0.14 m about 0.40 m/s. 
Figure 9 shows that even if V, remains in this range of values, an 

influence ofJc is present. The relative gas velocity obtained is in agree- 
ment with Zuber and Findley’s predictions at low superficial gas ve- 
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locities; but as Jc  increases a minimum appears, and after it, higher 
values of V, a re  obtained, increasing as the obstruction in the  
downcomer is increased (i.e., the liquid velocity is decreased). A similar 
observation was made by Schugerl e t  al. (1977) on their air-water sys- 
tem. They explained the phenomenon as one due to coalescence of 

L I 
.P 

0 LA‘ 
.’ d .Is 

.os 

Figure 5. Mean hold-up 6 vs. the local hold-up at z = 2.25 m, 4’. 
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Figure 6. Variation of $‘ with I;; for various openings of the downcomer section, sparger A. 

bubbles. On the other hand, they found that additives like alcohols, 
which hinder coalescence, produce curves of V,vs. Jc  that do not show a 
minimum, and concur with the expression given by Marucci (1969): 

_ -  vr - (1 - $)*/(1 - $5’3) 

I f ;  
deduced for a coalescence-free system. The data reported in Figure 9 
seem to indicate that the bubbles rise almost without coalescence at low 
superficial gas velocity; but at high values the coalescence phenomenon 
becomes more and more important and the behavior departs from that 
predicted by Marucci (1969). Coalescence reduces the air-lift effect, and 
the relative velacity increases. 

The second influential factor is the presence of internal recirculation, 
which tends to increase the gas velocity at the axis, as noted before. This 
explains the higher values of V, obtained as the downcomer is 
obstructed. 

The curves of the absolute gas velocity show a quasi-exponential form 
in the range of net bubble flow (low J c ) ,  and after about 0.05 m/s they 
increase almost linearly with the superficial gas velocity Jc, as can be 
seen i n  Figure 9. 

Liquid Velocity 

The liquid superficial velocity],, is shown in Figure 10 as afunction of 
the gas superficial velocity for several openings of the downcoiner and 
for both spargers used. Since the superficial gas velocityJo varies along 
the column, i t  was decided to adopt again a value of .z = 2.25 in as 
representative. 

The dependence ofJL on Jc is a distinctive characteristic of the air-lift 
reactor. We can see in Figure 10 that theliquid velocities decrease as the 
section of the downcoiner is closed. In addition, the rate of growth of/, 
with J G  is very high at low Jc and decreases afterwards, tending to an 
asymptotic value that is reached earlier as the downcoiner is closed 

farther. This implies that the air-lift effect is less as we approach the slug 
How regime, and that the asymptotic zone indicates a situation where, 
due to the frictional losses in the circuit, the energy brought by the gas 
stream is dissipated more and more in internal recirculation loops within 
the riser. 

With Eq. 8, the liquid velocity VL can be calculated from the mea- 
sured values of JL and the hold-up, 4. 

Figure 11 shows the variation of V,, as a function of J f ;  for various 
openings of the downcomer and sparger A on a log-log scale. Straight 
lines were obtained, but broke around the transition point from bubble 
to turbulent bubble flow. For the case of total openings of the 
downcomer, the line does not break within the studied range of J G .  

Figure 11 shows that the liquid velocity may be represented by equa- 
tions of the type: 

VL = b]; (24) 

where the constants b and n will depend on the geometry of the air-lift 
reactor and need to be determined experimentally for each case. While 
b varies with the reactor configuration, n appears to be almost constant 
for a given How regime. The change of n gives an objective method to 
recognize the onset of the turbulent bubble flow. 

If the liquid velocity cannot be directly measured and if no correlation 
of the type of Eq. 24 is available, V L  can be obtained from an energy 
balance in the system if the hold-up is known. This approach will also 
make it possible to foresee the influence of the system geometry on VL. 

We have seen in Eq. 9 that the pressure drop in the reactor can be 
considered as generated by three components: gravitation, friction and 
acceleration. The last component will be neglected because calculations 
performed for our system have shown that the contribution of accelera- 
tion to the total pressure drop was in all cases less than 2%. 

The pressure drop in the riser and in the downcomer are given 
respectively by Eqs. 25 and 26: 

A P r  = P,, - PLr = APF, + AP,, (25) 
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Figure 7. Variation of 4' with I;, for vorious openings of the downcomer &ion, sparger 8. 

where the subindices indicate: 
= bottom of the tubes 
= top of the tnbes 

1 
'2 
r = riser 
tl = dowiico~ner 
F = frictiond loss 
H = hydrostatic loss 
Ntbglecting the pressure drop in the gas-liquid separator at the top of 

the equipinent and indicating the pressuredropass~iated with the 1tx)p 
at tht. bottom and the straightening vanes as 4PB, Eqs. 25 and 26 give: 

AP,,,, - Aper = APB + APV, + APF,, (27) 

The left-hand term i l l  Eq. 27 can be cxpresscd as a function of the 
hold-up: 

LIP,,,, - LIPII, = LPL& (28) 

Thc frictional ti-rrns for the riser can be represented by an integrated 
form of Eq. 15: 

with C,.,, being given by Eq. 16. 

respectively as: 
For the downcoiner and the additional term APRI it can he written 

APm = 2C,LPI.Yl.lDb#, (30) 

APs = 2C,i,Pi.LJL/Dhn (31) 

Lr; being an e q u i v a l e n t  length of straight tuhe. The coefficient Cn. may 
be taken as the Blausius form: 

C,,, = 0.0791 Re-''' 

Sow Eq. 27 can be written for round tubes as: 

wherc 5 is the ratio of cross-sectional areas of the riser and the 
downcoiner. Eq. 33 is qnite general and permits calculation of the 
superficial liquid velocity from direct measurements d the superficial 
gas velocity and the hold-up for a given geometric s!.stern. As will be 
shown in Eq. 34, the hold-up can be evaluated hy a suitable correlation 
as a function of the superficial gas and liquid velociti1.s 

Figure 8. Variation of 6' withl;; for various liquid flow rates, of spargers A 
and B. 
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Figure 9. Gas absolute and relative velocity as a function of the gas superficial velocity atz = 2.25 m for various openingsof the downcomer and sparger A. 
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Figure 10. Superficial liquid velocity as a function of the superficial gas velocity for several openings of the downcomer and sporgers A and B ( I < ;  is taken at 

I = 2.25 m). 
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Figure 1 1. Liquid velocity as a function of the superficial gos velocity for 
various openings of the downcomer o tz  = 2.25 m. The values of n and 6 
(Eq. 24) ore as follows. Upper curve:n = 0.41,C = 34; middle cune:n = 
0.41,b = 24; lowercune (lowIh,):n = 0.45.6 = 13.6; lowercurve(high 

I &  or turbulent bubble flow): n = 0.22,b = 28. 

In the case of the experimental system used in this work, the assess- 
ment of the equivalent length is difficult because of the presence of the 
straightening vanes, sometimes closed in order to diminish the liquid 
circulation velocity. Therefore, LL. was determined from measurements 
of the pressure drop in the different sections of the circuit. Mea- 
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Figure 12. Comparison of measured values of VL with those colculoted with 
Eq. 33. 

surements of the pressure drop are easy to perform even in large 
configurations where direct measurements of the liquid flow rate are 
difficult and expensive. The equivalent length was independent of the 
gas flow rate and was found to be LE. = 92 m. The results of VL obtained 
from Eq. 33 with this Lz compared satisfactorily with the measured 
values of VL,  as can be seen in Figure 12. 
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Figure 13. Gas velocity V,; vs. the overall flux of the mixture I.,, for sporger A. 
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Figure 14. Gas velocity V ,  vs. the overall flux of the mixture I , ,  for sparger B. 

CORRELATION OF EXPERIMENTAL RESULTS 

Zuber and Findley (1965) derived the following expression for 
the case of two-phase, one-directional flow: 

(34) 

The drift velocity V, is the gas velocity relative to the velocity of 
the mixture, and C,, the distribution parameter, is a constant 
that depends on the radial profiles of velocity and hold-up in the 
column. The flatter these profiles, the closer C, will be  to unity. 

In Figure 13, the gas velocity Vcfor sparger A is presented as a 
function of the overall flux of the mixtureJ,for various locations 
along the height of the tower and various openings of the 
downcomer. All data are fitted satisfactorily by a single straight 
line, giving V,, = 0.33 m/s, which is in agreement with the value 
found for V, at low superficial gas velocity. 

The value obtained from the slope of the straight line in 
Figure 13 is C, = 1.03, indicatingfairly flat velocity and hold-up 
radial profiles all along the tower and for all experimental condi- 
tions with sparger A. The correlation reported in the literature 
for an air-lift device-the one given by Hatch (1973) for two 
concentric tubes-coincides formally with that reported here 
for separate tubes. Nassos and Bankoff (1967) and Hill (1976) 
reported similar results for separate tubes. 

Figure 14 shows the data of V, vs. the overall flux of the 
mixture J,$, for the case of the single-orifice sparger B. In this 
case, the data corresponding to each fixed downcomer closure 
can be approximated by a different straight line, and no single 
curve can be said to represent all of the data. This difference 
between the results for spargers A and B seems to be related to 
the high coalescence rate and internal recirculation in sparger B. 

SUMMARY 

The experiments reported showed a marked difference in the 
hydrodynamics of the air-lift reactor when operated with a 
multiple-orifice or a single-orifice sparger. This indicates that 
even in a relatively tall system like the one tested, the initial 
bubble size and distribution on the section of the tube is very 
important. 

The local hold-up varies up to 80% in some cases and, with the 
exception of the case of the multiple-orifice sparger and high 
liquid velocities, shows a maximum before reaching the top of 
the column. The location of this maximum comes closer to the 
gas sparger as the resistance to the liquid flow is increased and as 
JL decreases. This phenomenon is more remarkable in the case 
of the single-orifice sparger and is associated with bubble coales- 
cence, which provokes a higher mixture velocity in the axis of 
the tube where the larger bubbles tend to concentrate. 

The mean gas hold-updepends on the sparger used, as well as 
on the resistance tb liquid recirculation in the downcomer, 
which establishes the range ofliquid velocities. The data suggest 
that pressure drop in the downcomer should be minimized if the 
plug flow is sought in the riser. 

As suggested by Zuber and Findley (1965) and Bankoff (1960), 
a single straight line can represent satisfactorily the gas velocity 
V, at any point of the column with either sparger used and at the 
entire range of operational conditions (Figure 13). 

The liquid velocity can be represented by a simple exponen- 
tial form, which includes two constants that are functions of the 
geometry of the system. Ifdirect measurement oftheliquid flow 
rate is not possible, it can be evaluated from relatively simple 
balances in the system, provided the pressure drops can be 
estimated or measured. 
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The liquid and gas velocities as well as the hold-up are impor- 
tant data, necessary for simulation, scale-up and design of an  
air-lift reactor. The present work contributes to  the relatively 
scarce data available in the  l i terature on  this kind of device. 
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APPENDIX: ERROR ESTIMATION 

The errors in the direct measurements are estimated as follows: 

Error in temperature reading, 20.5"C 
Error in pressure reading at the entrance of the rotameter, kO.01 

Error in pressure reading at the level of the sparger (2 = 0) kO.001 

Error in liquid flow rate reading, Q L ,  23 L/min 
Error in gas flow rate, QG, 21 Wmin 
Error in height reading, z ,  k0.5 cm 
Error in manometer reading, h, 20.1 cm 
Error in diameter determination, D,, k0.05 cm 

Assuming that the errors in the physical properties due to the 0.5"C 

kg/cm2 

kg/cm2 

uncertainty are negligible, Eq. 18 can be written as: 

where C;, C; and C; are constants. 
The term J L  can be obtained from 

Q L  

0.785Df J L  = ~ 

The calculation of requires some manipulation of the measured 
quantities. Since the rotameter was calibrated at PR = 1 atm and TR = 
70°F, and the pressure and temperature at the rotameter are P and T :  

Assuming ideal gas behavior at the sparger, the gas flow rate will be: 

PT(z = 0)  
TP(z = 0) 0 0 s  = QG 

Assuming the dry air is saturated almost completely near the sparger, 
the gas flow rate is increased by the flow rate of water vapor Q V :  

(A51 
PW 

QG = [Qns + Q v l -  
P 

where pu. is the vapor pressure of water at this temperature. The gas flow 
rate at a point z is given by: 

and P(z )  can be calculated with: 

P(z )  = P ( Z  = 0 )  - [PLZ - h(P,,, - p , ) l g  (A71 
Eqs. A3 to A7 lead to the following expression: 

ReplacingJL andJn by Eqs. A2 and A8 leads to afunction F that gives 
implicitly Q as a function o f  (IL, QR, Dc, P ,  T ,  T,,=, , , ,  PI,=,,, ,  z and h: 

where the X i s  are Q L ,  Q R ,  D,, P, T, T{zpo), P[,=n), z, and h. The 
derivatives are obtained from the implicit function (Eq. AS) and the 
mi's are the errors in the direct measurements given above. 

The value of h used in Eq. A8 is the direct measured height of the 
manometer at the point z. The derivatives ofh and I$ in Eq. A1 (the latter 
evaluated using Eq. 19) are functions of z, since the polynomial fitting of 
the data was used and the errors that originated in the polynomial 
approximation are included in the z term of Eq. A10. 

The standard errors of estimation in the coefficients of the polynomial: 

h = b, + b,z + b22 + b3z3 + b,z4 ( A l l )  

were calculated as follows. Let X be the matrix where the first column 
consists of ones, the second of values of 2, the third column the values of 
2, etc. The covariance of bi is found as: 

where u is the standard deviation in the regression leading to Eq. Al l .  
An example of a typical calculation follows. The measured data are: 

Z = 225 cm 
QL = 850 L/min 
h = 37.07 cm 
T 
P(z)  
P(z = 0 )  
P,,,  
Q R  
PL = 1.0 g/cmS 
T(z  = 0 )  = 18°C 

The regression on the data of h gives: 

u = 2.12 cm 
b, = 0.117 2 0.010 cm-' 
b, = (0.227 * 0.056)10-3 cm-' 
b, = (1.11 2 0.22)lO-" cm-4 
b" = b, = 0 

= 19°C (gas temperature in the rotameter) 
= 0.74 kg/cm2 (gauge) (local pressure) 
= 0.434 kg/cmz (gauge) (bottom pressure) 
= 1.457 g/cm3 (density of manometric fluid) 
= 130.2 Wmin (gas flow rate at the rotameter) 

The error calculated from Eq. A10 is: 

AQ = 4.688 10-3 

Since the value of hold-up obtained in this case is Q = 0.101, the relative 
error is below 6.5%. 

NOTATION 

A = cross-section of the  tube,  m2 
b = constant in Eq. 24, (m/s)'-" 
Cr = friction coefficient, (-) 
CWG = contact area between the  gas phase and the  wall, m2 
CLw = contact area between the  liquid phase and the  wall, 

CLcr CcL = contact area between the  liquid phase and the  gas 

C" = distribution parameter,  (-) 
D,. = tube  diameter,  m 
Dh = hydraulic diameter,  m 
g = gravitational acceleration, m/s2 
h = manometric differential reading, m 

= superficial velocity, m/s 
= superficial velocity at the  point z = 2.25 m,  m/s 

1 
I' 
L = t ube  length,  m 
Lc = equivalent t ube  length, m 
m = mass flow rate, kg/s 
N R r  = mixture Reynolds number,  (-) 
n = constant in Eq. 24, (-) 
P = pressure, Pa 
Q = volumetric flow rate, m3/s 
V = velocity, m/s 
z = axial coordinate, m 

m2 

phase, m2 

Greek Letters 

P = viscosity, poise 
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V = kinematic viscosity, stokes 
5 

(-1 
P = density, kg/m3 
u = superficial tension, N/m 
7 = shear stress, Pa 
9 = hold-up, (-) 
9’ 

= ratio d cross-sectional area of riser and downcomer, 

= hold-up at z = 2.25 m, (-) 

Indices 

B = bottom 
d = downcomer 
F = friction 
G = gas 
H = hydrostatic 
L = liquid 
m = manometer 
M = mixture 
W 
?- = riser, relative 

= wall of the pipe 

LITERATURE CITED 

Bankoff, S. G., “A Variable Density Single-Fluid Model for Two-Phase 
Flow with Particular Reference to Steam-Water Flow,” J .  Heat 
Transfer, Trans. ASME, Series C., 82, 265 (1960). 

Belfield, A. R., Jr.,  “Experimental Studies of Oxygen Transfer in a Split 
Cylinder Air-Lift,” M.S. Thesis, University of Maryland (1976). 

Calderbank, P. H.,  M.  B. Moo Young, and R. Bibby, Third European 
Symposium on Chemical Reaction Engineering, Pergamon Press 

Freedman, W. and J. F. Davidson, “Hold-up and Liquid Circulation in 
Bubble Columns,” Trans. Znst. Chem. Eng., 47, 251 (1969). 

Gasner, L. L., “Development and Application of the Thin Channel 
Rectangular Air-Lift, Mass Transfer Reactor to Fermentation and 
Waste-Water Treatment Systems,” Biotechnol. Bioeng., XVI, 1179 
(1974). 

Gow, P. G., J .  D. Littlehailes, S. R. L. Smith and R. B. Walter, “Single 
Cell Protein Production from Methanol: Bacteria,” Single Cell Pro- 
tein ZZ, s. R. Tannenbaum and D. I C. Wang, e d s . ,  Massachusetts 
Institute of Technology Press, Cambridge, Mass. (1975). 

Hatch, R. T., “Experimental and Theoretical Studies of Oxygen Trans- 
fer in an Air-Lift Fermentor,” Ph. D. Thesis, Massachusetts Institute 
of Technology (1973). 

Hatch, R. T., and D. I. C. Wang, “Oxygen Transfer in the Air-Lift 
Fermentor,” First Chemical Congress of the North American Conti- 
nent, Mexico City (1975). 

(1964). 

Hatch, R. T., A. G. Belfield and G. Goldhahn, “Oxygen Transfer in the 
Split-Cylinder Air-Lift,” Annual Meeting of the American Chemical 
Society, Chicago, Ill. (1977). 

Hells, J. H., “The Operation ofa Bubble Column at High Throughputs, 
I. Gas Hold-up Measurements,” Chem. Eng. J . ,  12, 89 (1976). 

Ho, Ch. S., L. E. Erickson and L. T. Fan, “Modeling and Simulation of 
Oxygen Transfer in Air-Lift Fermentors,” Biotechnol. Bioeng., XIX, 
1503 (1977). 

Kanazawa, M.,  “The Production of Yeast from n-Parafins,” Single Cell 
Proteins ZZ, S. R. Tannenbaum and D. I. C. Wang, eds., Mas- 
sachusetts Institute of Technology Press, Cambridge, Mass. (1975). 

Kuraishi, M., N. Matsuda, A. Terao, K .  Kamibayashi, K.  Tonomuraand 
T. Fujii, “A Study on the Internal Structure Design of Air-Lift 
Fermentors in the Production of Methanol Single Cell Protein,” 
Microbial Growth on C, Compounds, Society of Fermentation Tech- 
nology, Osaka, Japan, p. 231 (1975). 

Le Francois, L., C. C. Mariller and J. V. Mejane, “Effectionnements 
aux Procedes d e  Cultures Forgiques et d e  Fermentations Industri- 
elles,” Brevet d’hvention, France, No. 1102200 (1955). 

Legrys, G. A , ,  “Power Demand and Mass Transfer Capability of 
Mechanically Agitated Gas-Liquid Contactors and their Relationship 
to Air-Lift Fermentors,” Chem. Eng. Sci., 33, 63 (1977). 

Marucci, G.,  “A Theory of Coalescence,” Chem. Eng. S c i . ,  23, 975 
(1969). 

Merchuk, J .  C., Y. Stein and R. I. Mateles, “A Distributed Parameter 
Model of an Air-Lift Fermentor,”Biotechnol. Bioeng., 22,123 (1960). 

Nassos, 6. P.,  and S. G. Bankoff, “Slip Velocity in an Air-Water System 
under Steady State and Transient Conditions,” Chem. Eng. Sci., 12, 
661 (1967). 

Orazem, M .  E.,  and L. E. Erickson, “Oxygen-Transfer Rates and 
Efficiencies in One and Two-Stage Air-Lift Towers,” Biotechnol. 
Bioeng., XXI, 69 (1979). 

Schugerl, K., J .  Lucko and U.  Oels, “Bubble Column Bioreactors,” 
Ado. Biochem. Eng., 7, l(1977). 

Stein, Y., “Gas Hold-up, Liquid Circulation, and Mass Transfer Model- 
ing and Simulation of a Tower Cycling Fermentor,” MS Thesis, Ben 
Gurion University, Israel (1979). 

Ueyama, K . ,  and T. Miyauchi, “Behaviour of Bubbles and Liquid in a 
Bubble Column,” Kagaku Kogaku Rombunshu, 3, 19 (1977a). 

Ueyama, K. ,  and T. Miyauchi, “The Effects of Liquid Viscosity and 
Column Diameter on the Internal Circulating Flow in a Bubble 
Column,” Kagaku Kogaku Rombunshu, 3, 115 (1977b). 

Wallis, G. B., “One-Dimensional Two-Phase Flow,” McGraw Hill Inc., 
New York (1969). 

Wang, D. I. C., “Proteinsfrom Petroleum,”Chern. Eng., 75,99(1966). 
Zuber, R. N . ,  and J.  A. Findley, “Average Volumetric Concentrations in 

Two-Phase Flow Systems,” J. Heat Transfer, 87, 453 (1965). 

Manuscript received]uly 13, 1979; revision received]une 15,  end ecceptedlune 27, 
1980. 

Pressure Fluctuations in a Fluidized Bed 
An on-line statistical study of the pressure fluctuations in fluidized beds was 

conducted by using pressure transducers, a correlation and probability analyzer 
and a Fourier transform analyzer. The causes of the fluctuations were explored, 
and the effects of the gas velocity, bed height, particle size and distributor design 
on the major frequency and amplitude of the fluctuations were investigated. The 
results indicate that the motion of bubbles appears to be the major cause of the 
pressure fluctuations in the upper portion of a fluidized bed. In the lower portion, 
the combined effects of the formation of large bubbles in the middle portion of the 
bed, the formation of small bubbles near the distributor, and the jet flow im- 
mediately above the distributor appear to be the major causes of pressure fluctua- 
tions. 
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SCOPE 
Pressure fluctuations have been observed to occur in most 

fluidized beds and these fluctuations have been used to define 
an index for the quality of fluidization (Shuster and Kisliak, 
1952; Fiocco, 1964; Sutherland, 1964; Winter, 1968). Small and 

1981. 

rapid fluctuations are considered to be associated with a good 
quality of fluidization. 

The nature of pressure fluctuations in a fluidized bed is a 
complex function of particle properties, bed geometry, 
pressure in the bed, and properties and flow conditions of the 
fluidizing fluid. The pressure fluctuations have been studied by 0001-1541-81-3078-0388-$2.00. QThe American Institute of Chemical Engineers, 
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